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Yertical upward concurrent air-liquid flow was investigated under isothermal conditions in a
test section of 1-in. schedule 40 pipe. Pressure drop was measured with a mercury manometer
connected to two pressure taps 20 ft. apart in the section. Liquid was trapped between two
quick shutoff valves activated by two solenoid valves. The liquid was drained from the section
to provide the holdup data. Six liquids were used to determine the effect of density, viscosity,

and surface tension.

The experimental holdup, and two-phase pressure drop data were not in agreement with the
Lockhart-Martinelli type of correlation for horizontal flow. A statistical correlation for holdup
was developed to include fluid physical properties, total mass velocity, and the air-liquid ratio
entering the pipe. Similarly a pressure drop correlation was developed which expressed the two-
phase pressure drop as a function of the slip velocity, liquid physical properties, and total mass
velocity. This correlation showed an average percentage error of less than 15% between the

observed and the calculated total pressure drop.

Air-water two-phase flow was util-
ized as early as 1797 in an airlift
pump invented by a German, Carl
Loscher. Vertical two-phase flow was
again used in 1927 in the Seminole,
Oklahoma, oil fields to produce oil by
gas lift. Cromer (2) in 1936 visually
observed the upward flow of mixtures
of air and water in a vertical pipe.
Four flow regimes were reported, but
in practice the transition between
regimes is indistinct and it is some-
times difficult to determine the regime
for a given condition. Schurig (17),
Kegel (10), Dukler (3), McElwee
(14), Galegar, Stovall, and Hunting-
ton (5), and Govier, Radford, and
Dunn {6) have obtained data for the
air-water system in vertical upward
How. Yagi and co-workers (21, 22) ob-
tained data for the air-water and air-
oil systems over limited ranges of flow.
Schwarz (18) reported holdup data
for the steam-water system at 20- to
80-atm. pressure. Isbin, Sher, and
Eddy (7) reported holdup data for
the steam-water system at essentially
atmospheric pressure, No satisfactory
correlation method is presented for
either holdup or pressure drop in iso-
thermal two-phase flow based on these
data for pipe diameters of 0.5 to 2.4
.
Lockhart and Martinelli (11) in
1949 presented a correlation that en-
abled the prediction of pressure drops
for horizontal flow to within about
plus or minus 30%. A holdup correla-
tion was also presented. Later data by
Jenkins (8) indicated that mass veloc-
ity is an important variable that is not
included in the Lockhart-Martinelli
correlation. Chenoweth and Martin
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(1) in 1955 published a correlation
for pressure drop in horizontal turbu-
lent flow. Experimental data were ob-
tained in 1-12-in. and 3-in. pipes at
pressures up to 100 Ib./sq. in. abs,
The correlation shows agreement within
209, for these data and the data used
by Lockhart and Martinelli for their
correlation.

Vertical steam-water flow at high
pressure has been of interest for nu-
clear reactors. Egen, Dingee, and
Chastain (4) reported holdup data for
steam-water at 2,000 Ib./sq. in. abs.
in a channel 1 in. by 0.103 in. cross
section. Studies of pressure drop and
heat transfer during boiling have been
reported by many investigators (9, 12,
13, 19, 20).

The purpose of the research de-
scribed here was to obtain data for a
variety of liquids over a wide range
of flow rates and from this to obtain
generalized correlations that would
permit reliable prediction of holdup
and pressure drop in vertical upward
flow under isothermal conditions.

EXPERIMENTAL EQUIPMENT AND
METHOD OF OPERATION

The vertical test section was a 24.2 ft.
long run of l-in. schedule 40 steel pipe
with pressure taps 20 ft. apart. The bot-
tom pressure tap was 28 in. above an air-
liquid mixing nozzle. Surge pots 3 in. in
diameter by 6 in. long were installed with
the tap from the test section entering the
side of the pot. The outlet from the bot-
tom of each pot was connected with cop-
per tubing to a 30-in differential ma-
nometer which used mercury as the meter-
ing element. The portion of the pots below
the taps and the copper tubing were filled
with the test liquid as a seal fluid on the
mercury. The diameter of the surge pots
was selected so that the cross-sectional
area of the pots was about 200 times the
cross-sectional area of the manometer. A
change in manometer level thus reflected
a negligible change in level in the surge
pot.

One quick shutoff valve was installed
below the bottom pressure tap and a sec-
ond above the top pressure tap. These
l-in. valves were closed by air pressure
from two solenoid valves. Each solenoid
and shutoff valve was connected by iden-
tical piping, and the solenoids were oper-
ated from a single electrical switch to ob-
tain simultaneous shutoff of the valves.

A pressure gauge was installed in the
test section at the elevation of the bottom
pressure tap. A drain connection was pro-
vided above the bottom valve, and a vent
was installed below the top valve.

The desired liquid flow for a run was
metered to the test section through a
rotameter. After the manometer had
reached a steady reading, the desired gas
flow was metered with a second rotame-
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Fig. 1. Holdup vs. (W./Ws)®® (0a/pL)™® for water.

A.l.Ch.E. Journal

Page 677



1.0
[ TRICHLOROETHYLENE —|
VARSOL
0.6— - NogCOy SOLUTION
Y WATER
Ry / OIL. BLEND No. |
7,
0 1 1 1t it} 1 A 1t 221 B NENY] ] L 1)
0.0l ol 1.0 10 100
(wL )0.9 (’d )O.l |
Wa " 20435

Fig. 2. Holdup vs. (W1/Wa)"* (pe/pz)”® 1/G*** for all liquids.

ter. Steady state of most of the two-phase
runs was obtained in less than 1 min,
BRuns at high liquid rates and very low
air rates required several minutes to reach
steady state conditions as indicated by
constancy of the manometer reading. The
rotameter readings, manometer reading,
and pressure gauge reading were re-
corded for each run. The valves were
closed, the vent was opened, and the lig-
uid was drained from the test section to
a graduated cylinder, The volume of lig-
uid drained from the test section was
recorded.

Runs were made with air and six dif-
ferent liquids: water, a saturated aqueous
solution of sodium carbonate, kerosene,
trichloroethylene, and two oils with wvis-
cosities of 5.8 and 28.6 centipcises. These
liquids were selected to vary the physical
properties of density, viscosity, and sur-
face tension. Because of the extremely
turbulent nature of two-phase flow, dy-
namic rather than static swrface tension
would be expected to be an important
variable. Therefore use of surface active
agents was purposely avoided in this in-
vestigation.

The experimental data for holdup and
pressure drop represent an average value
for the 20-ft. section of pipe. Pressure
change is essentially linear for the length
of the pipe. Therefore results from each
run were assumed to represent a point
value at the mid-point of the section. The
vapor volume for the point condition
then corresponds to the arithmetic mean
of the inlet and outlet pressures for the
pipe section.

HOLDUP CORRELATION

Lockhart and Martinelli used the
factor

TABLE 1. SuMMARY oF COEFFICIENTS
AND STANDARD DEvIATIONS FOR HoLpup
CORRELATION—EXPERIMENTAL DATA

Physical Standard
property Coeflicient deviation
pr —0.70989 0.265
P +0.18971 0.040
4 +0.20448 0.106
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to correlate the liquid holdup R. for
horizontal flow. When plotted against
this factor the experimental data of
this investigation showed a series of
lines, each parallel to the Lockhart-
Martinelli correlation. The magnitude
of the deviation from the Lockhart-
Martinelli line appeared to be a func-
tion of total mass velocity.

WL )I).D (po )0.5 was
WG Pr

used as the initial correlating factor.
This was plotted vs. R. with a sepa-
rate plot for each liquid. Figure 1
shows the plot for the air-water data.
The plots for the other liquid were
similar. Data for total mass velocities
of 50, 100, and 150 1b./sq. ft. sec. were
found to fall together. The function 1/
G was found to correlate the pa-
rameters for total mass velocities of 5,

10, 25, and 50. A separate plot was
then made for each liquid of R. vs.

1 ( WL )O.B (pa )0.5
G{I.ms WG P

The term (

TABLE 2. SUMMARY OF COEFFICIENTS AND
StaNDARD DEviaTIONS FOR HoLpup
CORRELATION-—SCHWARZ DATA AND

ExpERIMENTAL DATA

Physical Standard
property Coefficient deviation
pr —0.7205 0.22
. +0.18773 0.032

a' +0.2054 0.09
pe +0.70266 0.10
ke +2.7539 0.56

Since, as observed in Figure 1, for
values of G above 50 there was no
perceptible variation in R, with in-
creasing G, a maximum value of 50
was used for G in evaluating this
group; this was found to give better
agreement between the observed data
and the correlation than if the actual
values of G were used.

The G in this correlating group is
dimensional. Application of dimensional
analysis to this problem generally
yields the ratios W./Ws, ps/pa, pu/pe,
and the Reynolds’ number. Since D
and pe were constant in this study, any
variation in G causes a corresponding
change in the Reynolds’ number. G was
used inasmuch as the present study
does not provide evidence either for or
against incorporating it in a Reynolds’
number.

A best line was drawn for each fluid
and these lines were then plotted as
shown by Figure 2.

The lines are essentially parallel for
the different liquids. At R, = 0.60,
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Fig. 3. Correlation of holdup data with x.
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each liquid. This value was correlated
by the ‘equation

l [ 1 ( WL )0.3 ] l
oy —_— — =
!3 Gu.435 ‘/VG Og G

+ a,log pr + a.log . + aslog o
(1)

A least-squares calculation was made
with a computer to obtain the best fit
to the equation. The correlation coef-
ficient for the least-squares fit was
0.98, which indicates a high level of
significance of the fit of the equation
to the data. The data obtained are
shown in Table 1.

The coefficients are twice the standard
deviation or higher. All three coefhi-
cients are therefore at the 959 confi-
dence level or better.

Correlation of the experimental data
did not consider either density or vis-
cosity of the gas phase because these
did not vary significantly. Schwarz
(18) reports holdup data on water-
steam at 20- to 80-atm pressure. These
data were worked up in the same
mamner as the experimental data for
correlation to obtain coeflicients for
pe and us The results are shown b
Table 2. The coeflicients for the liquid
physical properties are essentially the
same as for the correlation of the ex-
perimental data alone. All coeflicients
are above the 989 confidence level.
The correlation coefficient was 0.99.

The correlating function for R, is
thus found to be

( WL )049 ”LD.U 0_0.205 pG0.70 ,LGZJE
WG GO.ASE PLO.72

where G is a maximum of 50 lb./sq.
ft. sec. The experimental data were
plotted with this function but with pe,
which was constant at 0.018 centi-
peises, neglected. Gas viscosity is then
added to the function by the factor

276
Ha ) 4 218
= 6% 10
( 0.018 K

The final correlation shown by Figure
3 plots R, against the function x:

=6 X 10*(WL )M
r= %

G

0.19 _0.205 0.70 2.75
He

pr o Pe
GO_A&E pL0.72

(2)

This proposed correlation was com-
pared with the experimental data by
determining AR, = R, (observed) —
R, (calculated).

The average absolute AR; was 0.022
for the 551 runs. The correlation was
also compared in the same way with
holdup data reported by seven investi-
gators with data on the air-water and
steam-water systems with tube diame-
ters from 0.4 to 2.34 in. The average
absolute deviation for 207 runs was
0.038.
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Fig. 4. Diagram of vertical concurrent two-
phase flow.
Excellent agreement is obtained

with the proposed correlation over a
wide range of fluid physical properties
and for pipe diameters from 0.4 to
2.34 in. in diameter.

ENERGY BALANCE FOR TWO-PHASE
VERTICAL FLOW

As shown schematically in Figure 4
a known mass of liquid W, and gas
W, at a pressure P enters the pipe sec-
tion per unit time. The volume per
unit time and from this the volumetric
fraction of each phase at the inlet
conditions can be calculated:

WLUL
- ‘VLUL -+ ngg

Inside the section the gas travels at
a higher velocity than the liquid. As a
result the gas volume fraction in the
pipe R¢ is less than ye, and the liquid
volume fraction in the pipe Ry =1—
R; is greater than y:.

Yr

A mechanical energy balance can be
made for the section shown by Figure
4. With the assumption that steady
state exists, W, pounds of liquid and
W, pounds of gas enter at 1 and leave
at 2 in a given time interval. The me-
chanical energy balance form of the
Bernoulli theorem is written as

g \4y *2
- Z1 + ——w, — od
e 2gc ‘j‘; p
V2
_r=2Lz4 (3)
g. 28,

This equation applies to single-phase
flow; for liquid-gas flow the equation
can be applied separately to each
phase. When W, pounds of liquid and
We pounds of gas enter per unit time,
tor the liquid phase

Vi
w, 8z 4w,

3 c

-— WLWaL

—We _rz vidp — W.F,

Py

Vit
—w. Bz w2 (4
g 28,
For the gas phase
Vi
WoleZ, 4 Wonle — Wotoe
g 2g.
— W, f " vedp — WoFq
Vast
WL Z 4 Wea  (5)
ge 2g.

Since v, can be assumed constant and
ve continually increases almost linearly

as p decreases, —fz vidp reduced

to —v(p: — p1) and — Vgum (P2 — P1)
Py

vgdp.

Work is neither added nor subtracted
from the total system, but one phase

is a good approximation of —
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Fig. 5. Two-phase pressure drop vs. slip velocity for air-water data.
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Fig. 7. Pressure-drop correlation.

Fig. 6. Two-phase pressure drop vs. slip velocity for all systems

at G = 150 Ib./sq. ft. sec.

may do work on the other. Therefore
— Wows, = Wettsg  or
WLw:L + Wgw:,; =0

Substituting and adding Equation
(4) for the liquid and (5) for the gas
phase one obtains

(WL + WG) 'gg" (Zz"‘ Z1)

Wi (Vi — Vi?)
I e e A
2g.
We (Ve — Va?)
+ ————— e
2g.
+ W, F, + WeF, — (WLvL
-+ Wavcarn) (P1 - Pz) =0 (6)

Assuming that g/g. =1 and divid-
ing Equation (6) through by (W.v,
+ Weeun) one gets

(W, + W) (Ze— Z,)
(W10 + WeDgam)
W (Vi — Vi) + We (Ve — Ve f)
2gc (WLUL + WGUGam)
W.F, + W.F,
(W0, + Wolgem)

+

(pp—p:) =0

(7)
Then defining
W.F, + WeF,

(WLUL + WGvGam)

one obtains the following general
equation for liquid-gas two-phase flow:

APTPZ

TABLE 3. SUMMARY OoF COEFFICIENTS AND
STANDARD DEVIATIONS FOR
PressURE Drop CORRELATION

Physical Standard
property Coeflicient deviation
wr —0.1476 0.019
- —0.1944 0.057
G —0.6973 0.033
Page 680

(WL + WG) (Zz’_‘ Zx)
(WL’UL + WGUGum>
Wi (Vi — Vi) + W (Ve,' — Voi©)
2gc(WLUL + Weam)
+ APre— (pr—p2) =0 (8)

Equation (8) as derived here was
used to interpret the new data ob-
tained for vertical liquid-gas two-phase
flow.

_|_

TWO-PHASE PRESSURE DROP

The second term of Equation (8)
was found to represent a maximum of
19, of the total pressure difference.
The kinetic energy calculated by a
term similar to that suggested by Mar-
tinelli and Nelson (15) represents a
maximum of 1.59, of the total pres-
sure difference. Thus the kinetic en-
ergy term can be assumed to be negli-
gible, and Equation (8) reduces to

(Za — Zl) (WL + WG) _
(WLDL -+ Wavdam)
+ APTP =0

(pr— p2)
(9)

Equation (9) was used to calculate
AP;; from the experimental data. The
first term, the pressure change due to
potential head, was calculated based
on the air and liquid rates entering the
pipe. The pressure difference (p.— p.)
was that measured between the two
pressure taps.

The first term of Equation (9) is
used as the potential head term rather
than (Z,— Z,) (Rrv, + Rev,) as sug-
gested by Lottes and Flinn (13) be-
cause:

1. Equation (9) can be derived
from theory as shown.

2. This equation can be used to get
a correlation for APz, from the experi-
mental data that can then be used as
a general method to calculate p, — p..

3. The difference between experi-
mental values of p,—p. and a head

A.1.Ch.E. Journal

term based on R, often gives negative
values of AP, Positive values of APz,
are always obtained with Equation
(9).

The two-phase friction pressure
drop is due to two mechanisms, both
of which cause energy losses: friction
between the fluid and the pipe wall,
and turbulence between the two
phases. The latter of these could be
expected to be a function of the dif-
ference in velocity between the two
phases which is defined as the slip
velocity. Slip velocity appears prefer-
able to the slip ratio used by Lottes
and Flinn (13), since the difference
involves absolute values and should
logically correlate shear between the
phases. Figure 5 shows the two-phase
pressure drop per foot of pipe vs. slip
velocity for the air-water runs; as ex-
pected the total mass flow is a parame-
ter. Similar plots were obtained from
the data for the other fluids studied.
Figure 6 shows AP../L vs, slip veloc-
ity for all systems for tests made at a
total mass velocity of 150 Ib./sq. ft.
sec.

The ordinate at V, = 0 is the pres-
sure drop for 1009 liquid flow. To
facilitate correlation and wuse, the
ordinate was revised to (APrr — AP, )/
L. After the data for all mass flow rates
were replotted in this manner, a value
of (AP, — AP.)/L was read for each

TaBLE 4. CoMpPARISON OF OBSERVED
AND CALCULATED ToTAL PRESSURE
Dror ror ExPERIMENTAL Runs

Average %
No. of absolute
System runs error
Air-water 182 14.2
Air-Na,CO; solution 113 10.5
Air-varsol 96 14.3
Air-oil blend No. 1 90 9.2
Air-oil blend No. 2 57 6.4
Air-trichloroethylene 25 8.4

Average absolute error -of 563 runs
= 11.4%.
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TABLE 5, COMPARISON OF OBSERVED AND CALGULATED
ToraL PREsSURE DRoOP FOR LITERATURE Data

Pipe diam- No.of Average

Investigator System eter, in. runs % error
Govier et al. (6) Air-water 1.025 a7 104
Galegar et al. (5) Air-water 2.0 24 14.5
Galegar et al. (5) Air-water 0.52 15 8.3
Schwarz (18) Steam-water 2.34 10 11
system at each total mass velocity and 1 D o°
for a common slip velocity of 40 ft./ ¥= G a0 g0 \ ) 0873
sec. These values were correlated by o ' (12)

AP, — AP,
log —T = log a, + a, log p.

+ a. log ps + aslog o + a, log G
(10)

The computer was used to obtain the
best least-squares fit in the same man-
ner as for the holdup correlation. A
correlation coefficient of 0.984 was ob-
tained with @, = 0. This indicates that
the correlation is independent of lig-
uid density. The data are shown by
Table 3. The coefficients are at least
three times the standard deviation
which indicates that each is very signifi-
cant. The parameter to correlate physi-
cal properties and total mass velocity is
therefore

1

0.147 _0.184 0.70
oG

127

b= (11)

Plots were then made of (APr— AP;)/L
vs. ¢ at intervals of slip velocity of 20
ft./sec. Best values of (AP — AP.)/L
were then obtained and plotted with
% as parameters. The final graph is
shown by Figure 7. There is no obvi-
ous significance to the intersection of
all curves at a common slip velocity.

Total liquid-gas pressure drop can
then be calculated with Equation (9).
‘The two-phase pressure drop is calcu-
lated by adding AP, to APp— AP,
obtained from the correlation for a
specific fluid and total mass velocity
which fixes the value of ¢. The
proposed correlation procedure was
checked with the experimental data
by determining the percentage error
between the observed and calculated
total pressure drop. The results are
tabulated in Table 4.

This correlation is based on a 1.049-
in. pipe diameter with a relative
roughness of 0.002. Published data are
for smooth pipes of different diameters
and were used to extend the correla-
tion.

Galegar et al. (5) presented pres-
sure drop for smooth pipes 2 in. and
0.52 in. in diameter. Govier et al. (6)
presented data for a 1.025-in. diameter
smooth pipe. These data were cor-
related with a diameter correction to

Y
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A correction for pipe roughness was
made with a correction to Equation
(9) to give the following equation for
total pressure drop:

(Z:—Z,) (Wi + Wo)
(WLOL + WGUGM»)

fu
(fL ) 0.002

The absolute average percentage error
between the observed and calculated
data are shown by Table 5.

Thus the correlation for total pres-
sure drop in vertical two-phase flow
appears to be accurate to within 15%
for the range of data investigated.

(pr—p) =

+ APyp (13)

SUMMARY

Correlations have been presented for
holdup and pressure drop in isothermal
two-phase concurrent upward flow in
a vertical pipe. These avoid the neces-
sity of knowing the exact flow regime.
For holdup, liquid volume fraction in
the pipe was correlated (Figure 3)
with a function x:

‘e (WL )0.9 /-LLO'ID 0_0.205 pGO.’TO ’LGQ.'IE
W(} GD,(SS PLO.’TZ

The correlation shows an average abso-
lute error of 0.025 for R, over a wide
range of gas and liquid physical prop-
erties. Holdup is independent of pipe
diameter in the range of the available
data, 0.4 to 2.34 in. The two-phase
pressure drop is correlated graphically
(Figure 7) as a function of the slip
velocity with parameters of ¢ based
on the experimental data with the l-in.
pipe:
1

GO.'TD IuLLO.147 0_0.1“

Comparison with literature data for
0.5- to 2-in. pipe indicates that ¥ is
proportional to the square root of
the pipe diameter. Calculated total
pressure drops show an average abso-
lute error of about 11% from the ex-
perimental data.

The procedure developed for calcu-
lating the total pressure drop for verti-
cal concurrent upward flow is as fol-
lows:

A.l.Ch.E. Journal

1. Calculate the pressu.
due to potential head, the firsc .
the general equation:

(Z,— Z,) (Wi + W)

(WLUL + WGUGam)

- (PJ._Pz) + APzp =0

2. Calculate the liquid volume frac-
tion in the pipe with the holdup cor-
relation for the fluid properties of the
system.

3. Calculate the liquid and gas ve-
locities in the pipe from the mass flows
and 2. The difference between the lig-
uid and gas velocities is the slip veloc-
ity.

y4. Calculate ¢ based on the total
mass flow rate and the physical prop-
erties of the liquid. Read (APr,—
AP.)/L from Figure 7 for the slip
velocity from 3.

5. Calculate AP./L for the liquid
flowing at the same total mass velocity
of the system. AP;y/L is the sum of
this and the value used in 4.

6. (p.— p.) is then the sum of this
AP;» and the head term, based on the
phase flow rates, as described by
Equation (9).

NOTATION

o = constant
t, Gy, 4, G, = exponents
= inside diameter of pipe, ft.

f = friction factor

(fr)owe = friction factor for liquid in
pipe of relative roughness
0.002

G = mass velocity, lb. mass/sq.
ft. sec.

g = acceleration of gravity, ft./
sec.”

2. = 32.17 (Ib. mass) (ft.)/(1b.
force) (sec.?)

L = length of pipe, ft.

AP = pressure drop, lb. force/sq.
ft.

P = absolute pressure, lb. force/
sq. ft.

R = volume fraction in pipe

\% = linear velocity, ft./sec.

v = specific volume, cu. ft./Ib.
mass

Vgam = arithmetic mean of ve, and
Ve, cu. ft./Ib. mass

w = mass rate of flow, 1b. mass/
sec.

w, = external work by fluid, ft.-lb.
force/lb.-mass

X = parameter in Lockhart-Mar-
tinelli correlation

x = parameter in proposed hold-
up correlation

y = volume fraction entering the
pipe

Yo = gas volume fraction, 1—y,

Z = elevation, ft.

Greek Letters
A finite change in variables
“ centipoises

[
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density, Ib. mass/cu. ft.
= surface tension, dynes/cm.
= parameter in proposed pres-
sure drop correlation

Subscripts

G = gas

G.u = gas-arithmetic mean

L = liquid

S = slip

TP = two phase

1 = point of inlet to section
2 = point of outlet to section
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A Thermodynamic Correlation

Solubilities

of Gas

J. M. PRAUSNITZ and F. H. SHAIR

University of California, Berkeley, California

Low-pressure solubility data have been correlated for ecleven gases in nine solvents over a
wide temperature range by considering the dissolution process in two steps. First the gas is con-
densed isothermally to a hypothetical liquid at 1 atm. pressure, and then this hypothetical liquid
is dissolved in the solvent. The free energy of the first step depends only on the properties of
the solute, which in the case of nonpolar gases can be adequately described by the theorem of
corresponding states. The second step depends on the properties of both solute and solvent and,
in the case of nonpolar systems, can be described by the theory of regular solutions. The cor-
relation depends on three solute parameters: the solubility parameter, the molar volume, and
the fugacity of the hypothetical liquid; the last of these hos been plotted as u generalized func-
tion for the reduced temperature range of 0.7 to 3.2. A separate plot is given for hydrogen. These
parameters may be used to make good estimates of low-pressure gas solubilities {or K values)
in nonpolar solvents over a wide range of temperature.

A semiempirical method for correlating the solubilities of gases in polar solvents is also des-

cribed and iifustrated for several cases.

Since the correlation presented in this paper covers a wide temperature range, it is possible
to make estimates of the heats of solution of gases in liquids. These may be useful in enthalpy-
balance calculations as required in certain phase-separation operations.

The chemical literature contains
many data on the solubility of gases
in liquids, but a critical evaluation of
these data points to two serious defi-
ciencies. First, many data are of doubt-
ful accuracy as is evidenced by the
fact that for the same system under
identical conditions, two or more
authors frequently report very widely
differing results. Second, the vast
majority of the data were obtained at
25°C., and data at less than 0°C. and
higher than 60°C. are very scarce. It
therefore appeared desirable to take
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reliable gas solubilities and correlate
them as well as possible within a sim-
ple but useful thermodynamic frame-
work with the aim that the correlation
might be used to predict solubilities
for systems not previously studied and
for temperatures other than those near
25°C.

THERMODYNAMIC FRAMEWORK

A rigorous method for the predic-
tion of gas solubilities requires a valid
theory of solutions. Such a theory is,
unfortunately, not available, but for a

A.1.Ch.E. Journal

semiempirical description of nonpolar
systems the theory of regular solutions
can serve as the basis of a correlating
scheme. Previous attempts to use
regular solution theory for gas-liquid
solutions (4, 11, 28, 32, 33) have been
quite successful. However these earlier
studies were concerned either with a
particular class of solutions (such as
hydrocarbons), or were limited to a
particular temperature, or were chiefly
interested in the theoretical aspects of
the problem. In this work however the
theory is used in as general a way as
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